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Membrane reactors enable synthesis-gas production from methane and air while
a®oiding the need for separation of the nitrogen either before or after the reaction. A
stable membrane was de®eloped by spray deposition of a dense thin film of
La Sr Fe Ga O on a high-purity porous � -alumina tube. The oxygen per-0 .5 0 .5 0 .8 0 .2 3y �

meation rate at 850�C was 2.5�10y7 mol � cmy 2� sy 1. A quartz tube was placed
coaxially around the membrane and the shell filled with a rhodium catalyst. Air was fed
to the tube and methane to the shell. At 850�C the methane con®ersion was 97% and
the selecti®ity to carbon monoxide approached 100%. Rapid radial mixing of the oxygen
in the shell is essential to pre®ent coking and undesirable reactions. The membrane
decomposes at 780�C in pure CH , but remains stable up to 970�C in a mixture of4
90-mol % CH and 10-mol % CO .4 2

Introduction
Ž .Mixed ionic-electronic conducting MIEC perovskite ox-

ides have several potential applications as catalytic mem-
branes. Their oxygen permeability and catalytic activity make
these membranes suitable for use in high-temperature partial
oxidation reactions, such as methane oxidative coupling to
higher hydrocarbons or partial oxidation of methane to syn-

Ž .thesis gas syngas . The main advantage of MIEC membrane
reactors for these applications is that air can be used instead
of oxygen, which avoids the expensive separation of the nitro-
gen either before or after the reaction. Also, the gradual in-
troduction of oxygen reduces the contact with the partially
oxidized products, which enhances the yield of the desired
products.

Ž .Balachandran et al. 1995, 1997 conducted methane par-
tial oxidation to syngas using the perovskite SrFe Co O0.2 0.8 3y�

Ž .SFCO as a membrane. They obtained a methane conver-
sion greater than 99% and CO selectivity of 98%. However,
the SFCO membrane broke into several pieces at 850�C in

Ž .the syngas environment. Pei et al. 1995 found that two types
of fracture occurred. Shortly after the reaction started, a fail-
ure was caused by a lattice mismatch due to the oxygen gradi-
ent across the membrane. After a few days, a second type
was induced by decomposition of the SFCO membrane to
SrCO , Co, and Fe. This decomposition caused a large ex-3
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pansion, generating a crack along the tube axis. An ideal par-
tial oxidation membrane should have high oxygen permeabil-
ity, and chemical and lattice structure stability.

Ž .Mazanec 1997 reported that high oxygen fluxes could be
obtained for some materials with the ABO perovskite struc-3
ture. A high level of acceptor doping of the A sites generates
a large concentration of oxygen-ion vacancies, while doping
the B sites by a small amount of Cr, Ti, or Mn enhances

Ž .stability. Mazanec 1997 successfully used La Sr Fe0.2 0.8 0.8
Ž .Cr O LSFC in syngas generation experiments for 5000.2 3y�

h at 1,100�C. The disadvantage of this material is its low oxy-
Ž y9 y2 y1gen permeation rate 3.35�10 mol �cm � s at 980�C

under an oxygen partial-pressure gradient of 0.2 to 4�10y5

.atm , which is smaller by a factor of 1,000 from than that of
Ž . Ž .SFCO Ming et al., 1998 . Xu and Thomson 1998 and Tsai
Ž .et al. 1997 have studied the oxygen permeability of a num-

ber of perovskite oxides, including La Sr Fe Co O0.6 0.4 0.8 0.2 3y�

and La Ba Fe Co O , but none had both high per-0.2 0.8 0.8 0.2 3y�

meability and stability. Material scientists are actively search-
ing for new materials that have both high oxygen flux and
high stability in the harsh environment encountered in syngas
production.

Ž .The perovskite La Sr Fe Ga O LSFG was re-0.5 0.5 0.8 0.2 3y�

Ž .ported by Ming et al. 1998 to have a higher oxygen perme-
ation rate than LSFC but not as high as SFCO. However, the
LSFG material is stable under low oxygen partial pressure,
while SFCO quickly breaks down under these conditions.
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Ž .Bouwmeester and Burgraaf 1997 report that materials con-
taining cobalt on the B site are normally not stable at low
oxygen partial pressures. However, iron-doped materials are
more stable than cobalt compounds. At 850�C, syngas has an
oxygen partial pressure of �10y17 atm. Long-term stability
of the membrane is necessary for this process to be industri-
ally feasible.

In addition to having both high oxygen flux and good sta-
bility, it is essential to develop effective seals between the
membrane and the connecting tubes. This is difficult due to
the high temperature and ruggedness requirements. Qui et

Ž . Ž .al. 1995 used gold and Mazanec 1997 used glass seals in
laboratory experiments. However, these are not suitable for
large-scale operation. The best solution is for the membrane
and the connecting tubes to have the same expansion coeffi-
cients so they can be glued together with impermeable high-
temperature cement.

Here we report a novel procedure for depositing a thin
Ž .film �150 �m of LSFG onto a porous �-alumina sub-

strate. This membrane tube is readily glued to nonporous �-
alumina tubes using high-temperature cement. A reactor was
constructed by placing a quartz tube coaxially around the
membrane, and the shell was filled with a commercial 0.1%
rhodium on alumina catalyst. The oxygen flux is among the
highest values reported permeation rate through solid mem-
branes, which remain stable under the very low oxygen par-
tial pressure attained during syngas production.

Synthesis and Characterization of the Membrane
Material

LSFG perovskite was produced by self-propagating high-
Ž .temperature synthesis SHS from a mixture of solid powders

w Ž . Ž . ŽLa O Aldrich, 99.9% , SrO Aldrich, ACS , Fe Aldrich,2 3 2
. Ž .99.9q% , Ga O Johnson Matthey, 99.99% and NaClO2 3 4

Ž .xJohnston Matthey, ACS pressed to 50�60% of the theoret-
ical density. The reaction

0.25La O q0.5SrO q0.1Ga O q0.8Feq0.2375 NaClO2 3 2 2 3 4

™La Sr Fe Ga O q0.2375NaCl , 1Ž .0.5 0.5 0.8 0.2 3y� Žg.

was initiated by electrical heating of a chemical match of
Al O qTiqBaO . The combustion was conducted in air2 3 2
with an internal oxygen supply from NaClO . White smoke4
was generated during the high-temperature combustion of the
green reactant mixture due to the evaporation of NaCl. A

Ždetailed synthesis procedure is described by Ming et al. 1997,
.1998, 1999 . The production of LSFG by SHS is more eco-

nomical than by conventional synthesis routes.
The phase composition and morphology of the samples

Ž .were analyzed by X-ray diffraction XRD , scanning electron
Ž . Ž .microscope SEM , and electron probe microanalysis EPMA

Ž .JEOL, JXAr8600 . EPMA of the combusted sample showed
that all the NaCl had evaporated during the high-tempera-

Ž . Ž .ture 1400�C reaction Figure 1 . The sample was pure, uni-
form, and very close to the target stoichiometry of
La Sr Fe Ga O .0.5 0.5 0.8 0.2 3y�

In-situ high-temperature X-ray diffraction was conducted
by a Siemens D5000 diffractometer equipped with a Buhler
HDK 2.3 high-temperature stage and a Braun position-sensi-

Figure 1. Backscattered electron image of
La Sr Fe Ga O0.491 0.495 0.824 0.190 3� �

Ž .tive detector PSD . The gas environment in the hot stage
was controlled using four Tylan mass flow controllers and a
Telfon mixing manifold. The material was tested for decom-
position in a simulated syngas environment consisting of 22%

ŽCH , 57% H , and 21% CO for safety reasons, CO re-4 2 2 2
.placed CO . Long-term stability must be maintained at 850�C

in 10y17 atm oxygen, which is the equilibrium partial pres-
sure of oxygen in syngas. Figure 2 shows that LSFG was sta-
ble in this highly reducing environment up to 900�C, at which
it decomposes. The decomposition products generated above

Ž .900�C were LaSr GaO and Fe. The parent structure,3
LaFeO , is stable up to 1,000�C in an oxygen partial pressure3
of 10y17 atm. Doping by Sr and Ga reduced its decomposi-
tion temperature to 900�C.

Similar experiments showed that LSFG decomposed at
780�C in pure methane and 660�C in pure hydrogen, but re-
mained stable in air even at 1,300�C. This indicates that no

Figure 2. XRD patterns of powdered LSFG in 22% CH ,4
57%H , and 21% CO .2 2
Sample was heated at 2�Crmin and held at 10�C increments
for 1 h from 870�C to 1,000 �C.
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decomposition occurs when the catalyst is reduced in hydro-
gen at 600�C. However, decomposition will occur at 850�C
using a pure methane feed unless a sufficient amount of oxy-
gen permeates through the membrane and increases the oxy-
gen partial pressure at the surface.

Synthesis of Thin-Film Membrane
We deposited a thin film of LSFG on a porous �-alumina

tube and used this tube to construct the membrane reactor.
To prepare the film, the SHS-produced powder was wet
ground for 12 h in a Spex CertiPrep model 8000 MixerrMill
using a tungsten carbide grinding vial. This reduced the aver-
age powder particle size to 5 microns. After grinding, the
powder was mixed with isopropyl alcohol at 0.2 grmL using a
magnetic stir bar and a stir plate. The slurry was sprayed
onto the exterior surface of a heated porous �-alumina tube
Ž .20 mm OD, 15 mm ID, 6.4 cm long by a Paasche type VL
airbrush. The tube was then sintered at 1,250�C for 4 h to get
a uniform surface coverage. The membrane still had a few

Ž .pinholes after three depositions Figure 3a . To fill these pin-
holes, a vacuum was generated inside the tube and a dilute

Figure 3. SEM image of the exterior surface of the tube
( ) ( )after: a one deposition; b completion of de-

position procedure.

Figure 4. Membrane reactor used for methane partial
oxidation.
Membrane material is deposited on the exterior of the
porous alumina tube.

Ž .slurry 0.01 grmL of the powder was applied to the surface
by a pipette. The tube was then sintered twice at 1300�C for

Ž .4 h to guarantee blockage of all the pinholes Figure 3b . The
reported film thickness is the average value around the tube,
determined by a SEM of a cross-section of the tube. This
deposition procedure generates a dense 150-�m-thick film.

The membrane tube was glued to two nonporous high-pur-
ity �-alumina tubes by Haldenwanger high-temperature alu-

Žmina cement. Two smaller tubes 13 mm OD, 10 mm ID, 2.5
.cm length were glued inside the tubes to support the seal

Ž .Figure 4 . After curing, the tube was pressurized with hydro-
gen and checked for leakage. A reactor was constructed by
placing a quartz tube around the membrane and placing a
catalyst in the shell.

Membrane Reactor and Operation
Laboratory membrane reactors usually consist of either an

isostatically pressed or extruded membrane connected to two
tubes that are axially pressed against it, using a gold ring as a
seal. These seals operate adequately in laboratories, but are
not rugged enough for industrial applications. In our reactor,
the 6.4-cm membrane is glued using high-temperature alu-
mina cement to connecting tubes that have the same expan-

Ž .sion coefficients Figure 4 . A small alumina tube is glued
across the seal to provide axial strength. It extends for about
10 mm into both ends of the membrane. After the membrane
is glued in place, a quartz tube was placed coaxially around
the membrane and the tubes were held by Teflon fittings on
the ends.

A catalyst was packed in the shell and held in place by
quartz wool. We fed the methane mixture to the shell and air
to the tube. The catalyst was 0.1% rhodium on 3.2-mm cylin-
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drical alumina pellets purchased from Engelhard industries.
Experiments were conducted with two different catalyst sizes:
10 �m and 3.2 mm. The 10-�m pellets were formed by grind-
ing the 3.2-mm pellets in a mortar and pestle. This was done
to enhance the contact of the catalyst with the walls of the
membrane and minimize the diffusional resistance within the
catalyst. When the 10-�m catalyst pellets were used, a rela-

Žtively small quartz tube was placed around the membrane 24
. Ž .mm ID and 28 mm OD to minimize the distance 2 mm

between the membrane surface and the quartz tube, which
minimized the radial oxygen gradient in the shell. This en-
hanced the conversion of the methane and decreased the
coking of the catalyst. When the 3.2-mm catalyst pellets were

Žused, a larger quartz tube had to be used 28 mm ID and 32
.mm OD to fit the larger pellets into the shell. The larger

Ž .shell space 4 mm increased the radial oxygen gradient. Ade-
quate radial mixing is needed to get high methane conversion
and to minimize coking.

The reactor was placed in a 970-W Lindberg tubular fur-
nace and heated to 600�C. At this temperature, hydrogen was

Ž .fed to the shell containing the catalyst at 85 ccrmin STP for
3 h to reduce the rhodium to a pure metal state. After reduc-
tion, the reactor was flushed with nitrogen and the furnace
heated to 850�C. After the furnace temperature was stable
for 15 min methane was fed to the shell and air to the tube
using Tylan mass-flow controllers. The effluent composition
was monitored with an Anarad CO IR, an Anarad CH and2 4
CO IR, a Hewlett-Packard gas chromatograph, and an Ame-
tek Quadrupole Mass Spectrometer.

Ž .Thermodynamic equilibrium calculations Figure 5 showed
that to obtain an effluent with only CO and H from a stoi-2
chiometric feed of CH and O the reaction should be car-4 2
ried out around 1,000�C. Around 1,000�C the effluent compo-
sition approaches 2:1 H rCO and no CH or CO . Due to2 4 2
LSFG decomposition, however, we are unable to run at this

high temperature. At 850�C the H rCO ratio is still 2:1, but2
some CH , CO , H O , and C remain. The 0.1% Rh on4 2 2 Žg. Žs.
alumina catalyst reduces the CO to undetectable levels. The2
Rh catalyst is very resistance to carbon coking but is not re-
sistant to the water shift reaction. Thus, some water may form
and decrease the H rCO ratio. The membrane decomposes2
at 850�C in pure methane. However, the permeation of oxy-
gen through the membranes greatly increases the partial
pressure of oxygen at the surface. When the oxygen flux is
sufficiently high, the membrane remains stable under these
conditions.

The oxygen flux depends on the bulk diffusion resistance
of the membrane and the surface�exchange kinetics of the

Ž . Žoxygen. Kim et al. 1999 found that the oxygen flux, Q mol
y2 y1.cm s across the wall of a tubular membrane satisfies

the relation

n
P 2Q1 1

yž /4� r Q r p c k1 1 1 0 1 0ln s ln , 2Ž .2ž /² :cD r p 2Qa 2 2 2
qž /p c k0 2 0

where p is the oxygen pressure at the interfaces, k is the
equilibrium surface-exchange coefficient, the subscript 1 indi-
cates the outer wall of the tube, the subscript 2 indicates the
inner wall of the tube, and the subscript 0 indicates quanti-
ties evaluated at 1 atm oxygen pressure. The angular brack-

² :ets, , represent averaging over the chemical potential,

1 �1² :cD s cD d� , 3Ž .Ha a� y� �1 2 2

where � is the chemical potential of the oxygen ion�electron
hole pairs at the two interfaces. Their experiments show that

Figure 5. Calculated equilibrium behavior of a mixture of 2 mol CH and 1 mol O feed at 1 atm.4 2
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for oxygen transport through an LSFG membrane, n is 0.5.
When the oxygen transport is limited by the rate of oxygen
exchange between the gas and the membrane surface, Eq. 2
reduces to

1r2 1r2r k c c p p2 0 1 2 1 2
Q s y . 4Ž .1 ž / ž /r q r c qc p pŽ .Ž .1 2 1 2 0 0

When the oxygen transport is limited by the bulk diffusion
rate through the membrane, the oxygen flux is

² :cD pa 1
Q s ln . 5Ž .1 ž /r p1 24 r ln1 ž /r2

Ž .Jacobson et al. 1998 found that an LSFG membrane of 2-mm
wall thickness was surfacesexchange limited. A detailed ex-
planation of the surface�exchange kinetics and the governing

Ž .flux equations is given by Kim et al. 1999 . Assuming a con-
stant oxygen flux along the membrane, complete consump-
tion of the oxygen by the methane in the shell, via the reac-
tion

1
CH q O ™COq2H , 7Ž .4 2 22

can occur only if the membrane velocity in the shell is at least

2 r LQ M1 1 CH4U s , 7Ž .CH 2 24 � R y rŽ .C H 14

where R is the inner diameter of the tube surrounding the
membrane. The corresponding space velocity is

UCH4Ss . 8Ž .
L

Experimental Results
Experiments were conducted to determine the oxygen per-

meation through a 2-mm-thick, 16-mm-ID, 6.4-cm-long iso-
statically pressed LSFG membrane tube and with a 150-�m
thin membrane deposited on a porous �-alumina tube with

Ž .15 mm ID and 20 mm OD Figure 6 . The isostatically pressed
tube and the film were made of the same powder. The pow-
der was pressed and sintered at 1380�C for 10 h at a heating
and cooling rate of 2�Crmin, producing a tube with 97q% of
the theoretical density. Gold seals were used at the connec-

Žtions between this tube and those connected to it. Air 0.21
.atm O at 20�C was passed through the inside of the tube2

and helium, with a 10y5 atm O impurity at 850�C, and was2
fed to the shell in which no catalyst was placed. This oxygen
gradient across the membrane was smaller than when a
methane mixture was fed to the shell. The highest oxygen
permeation rate through the pressed tube was 1.2�10y7 mol
�cmy2 � sy1 at 900�C, while that through the thin membrane
exceeded that to the thicker membrane by about two to four
times, depending on the operating temperature. The highest
oxygen flux through the thin membrane was 1.95�10y7 mol �
cmy2 � sy1 at 900�C. Higher fluxes are achieved with larger
oxygen partial-pressure gradients. Methane has an oxygen
partial pressure of �10y30 atm at 850�C, so it is expected
that the oxygen flux through the membrane will increase when
methane is fed to the shell. These experiments also checked
that neither leakage through the seals nor cracks in the mem-
brane occurred. We have not yet tested for repeatability of
the experiments. These tests will be conducted in the near
future.

The surface of the thin film looks as if formed by crystal-
lization of molten material with many grain boundaries, while
the surface of the pressed tube had fewer grain boundaries
Ž .Figure 7 . In general, grain-boundary diffusion increases

Ž .oxygen permeation. On the other hand, Sakai et al. 1996
found that the increase in the flux at the grain boundaries is
small under the reducing environment existing during syngas

( )Figure 6. Oxygen permeation rates through a pressed tube and thin film with air 0.21 atm inside the tube and
( �5 )helium 10 atm in the shell.
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( )Figure 7. SEM image of the surface of: a thin film be-
( )fore any reaction; b pressed tube before any

reaction.

production. A cross-sectional view of the pressed LSFG tube
showed small voids, which increased the diffusional resis-
tance. The deposition process of the film provided the LSFG
powder adequate time to produce a dense, void, and pore-free
film at the sintering temperature.

When the shell was filled with the 10-�m catalyst, syngas
was produced by feeding methane to the shell and 150 ccrmin
Ž .STP air at a pressure of 3 psig to the tube. The same air
flow rate was used in all experiments. The oxygen partial
pressure decreases along the tube due to its consumption.

Ž .Initially, pure methane was fed at the rate of 25 ccrmin STP .
This is the stoichiometric amount needed to react when the
oxygen permeation rate is 1.95�10y7 mol cmy2 sy1, deter-
mined in the permeation experiments with helium. At these
flow rates, the methane conversion was �99%, the carbon

Ž .monoxide selectivity, COr COqCO , 85%, and the H rCO2 2
ratio 1.5. The methane flow was then increased until the ef-
fluent stream consisted of only H , CO, and some unreacted2
CH . This occurred at 850�C for a CH flow rate of 28 ccrmin4 4
Ž . y1STP . The corresponding space velocity was 0.17 s . The
highest oxygen permeation rate under the reaction conditions

was 2.5�10y7 mol �cmy2 � sy1. The methane conversion, se-
lectivity to carbon monoxide, and the hydrogen to carbon
monoxide ratio achieved by the reaction are shown in Figure
8 for various temperatures. Around 850�C, the methane con-
version was 97% and the carbon monoxide selectivity ap-
proached 100%. The hydrogen to carbon monoxide ratio was
only 1.8, due to production of some water. This water caused
the catalyst particles to agglomerate and plug the reactor af-
ter 10 h online. The low hydrogen to carbon monoxide ratio
may be due to the uncontrolled axial variation in the rate of
oxygen fed into the shell. This variation may form regions
within the reactor in which the oxygen concentration is either
deficient or rich promoting the undesired oxidation of hydro-
gen. To prevent plugging of the reactor and enable extended
operation, the 3.2-mm catalyst pellets were used in all subse-
quent experiments.

When exposed to pure methane, the membrane cracked at
780�C. When oxygen permeated through the membrane,
however the oxygen partial pressure at the surface of the
membrane exceeded that in the bulk of the methane feed
and prevented the membrane decomposition. When the
membrane was glued to the connecting nonporous tubes, a
small alumina tube was glued across the seals to support the
connections, as shown in Figure 4. These supporting tubes
extend for about 10 mm into both ends of the 6.4-cm mem-
brane. In that area, the lower oxygen flux caused LSFG de-
composition and cracks to form in the upstream section of

Ž .the membrane Figure 9 .
Figure 10 shows the thermodynamic equilibrium composi-

tion of a mixture of 0.9 mol CH , 0.1 mol CO , and 0.45 mol4 2
O . The equilibrium oxygen partial pressure in this mixture is2
10y17 atm at 850�C instead of the 10y30 atm in pure methane
at 850�C. The highest H rCO ratio attainable with this feed2
is 1.8 when no water production and side reactions occur. To
circumvent membrane cracking, we fed the shell with a mix-
ture of 90-mol % CH and 10-mol % CO . In situ high-tem-4 2
perature XRD showed that the membrane was stable up to
970�C under this higher oxygen partial pressure and did not
decompose at 850�C.

ŽA series of experiments was conducted using the large 3.2-
. Ž .mm catalyst pellets in which 25 ccrmin STP methane was

Ž . Žfed to the shell and 150 ccrmin STP air to the tube Figure
.11 . The highest permeation rate through the film under these

conditions was 2.0�10y7 mol cmy2 sy1. The corresponding
methane mixture velocity through the shell, computed by Eq.
7, was 0.14 cmrs, or a space velocity of 0.02 sy1. The slow
velocity of the methane mixture through the shell did not
generate efficient oxygen radial mixing. The inefficient radial
mixing caused coke formation and allowed contact between
the H and unreacted O , which caused water formation and2 2
reduced the H rCO ratio to 1.63 instead of the theoretical2
limit of 1.8. The corresponding methane conversion was 91%.
This poor reactor performance may be enhanced by improv-
ing the radial mixing by increasing the velocity through the
shell of the laboratory reactor. The flow rate of methane can-
not be increased above the stoichiometric amount with the
permeated oxygen without decreasing its conversion. How-
ever, if a one-meter-long membrane tube is used, a methane

3 Ž .flow rate of about 400 cm rmin STP is needed to convert
the oxygen. This corresponds to a line velocity of 2.2 cmrs or
a space velocity of 0.02 sy1. Clearly, the velocity in the

Ž .meter-long reactor would be much higher 2.2 cmrs than that
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( ( ))Figure 8. Impact of reactor temperature on conversion of pure CH feed, selectivity of CO COrrrrr CO�CO , and4 2
H rrrrrCO ratio during syngas production using 10- �m Rh catalyst.2

Ž .in our laboratory reactor 0.14 cmrs at the same space veloc-
ity. This higher velocity would improve the mixing and in-
crease the conversion. To test this, a nonreactive diluent, he-
lium, was added to the methane feed. This raised the gas

Ž y1.velocity in the shell to 0.41 cmrs space velocity of 0.06 s .
The higher velocity increased the mixing of the reactants in
the shell and significantly enhanced the performance of the

Ž .reactor Figure 12 . The methane conversion reached 98%
and the CO was undetectable. The H rCO ratio increased2 2
to 1.76, which is rather close to the theroetical limit of 1.8.
This enhanced performance proves that the poor radial mix-
ing of the oxygen in the catalyst bed is due to the very slow

Figure 9. Surface of the upstream section of membrane
after use in syngas production at 850�C with
pure methane feed and 10- �m Rh catalyst.

velocity of the reactants through the shell. In our experi-
ments, we used helium to increase the velocity through the
shell. This use of an inert will not be necessary in an indus-
trial reactor, as at the same space velocity, a much higher
methane velocity will be used in a longer reactor.

The 3.2-mm rhodium catalyst pellet is almost as large as
Ž .the annular space 4 mm . Thus, we used a smaller catalyst to

determine the influence of catalyst size on the conversion.
We packed the reactor shell with 2-mm spherical alumina
pellets impregnated with 0.1% rhodium and fed it with a 90-
mol % CH and 10-mol % CO mixture. With no diluent4 2
added to increase the velocity through the reactor, the selec-
tivity to CO was about 99%, the CH conversion was about4
95%, and the H rCO ratio was about 1.67. The rhodium cat-2
alyst has a high resistance to coking, but it is not resistant to
further oxidation of the partially oxidized products. While the
enhanced mixing may improve the CO selectivity and CH4
conversion, it appears that only an increase of the velocity
through the reactor or use of a different catalyst can signifi-
cantly improve the H rCO ratio.2

Our membrane reactor is much more rugged than those
reported in the literature. The membrane film and seals did
not fail following rapid cooling at a rate of up to 10�Crmin
and following heating at a rate of 5�Crmin. The reactor did
not fail following tapping, which was used to simulate mild
vibration in an industrial environment. The membrane and
the substrate are two different materials. While short-term
Ž .�29 days reaction between them did not lead to any degra-

Ž .dation in the membrane performance, long-term 10 years
stability has not yet been tested. Another problem is the seal-
ing cement, which is water-soluble. The oxidation of the
products produces water, which slowly dissolves the seal. In
our experiments the seal began to leak after 700 h of opera-
tion, or about 29 days. Industrial operation of the membrane
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Figure 10. Calculated equilibrium composition of a mixture of 0.9 mol CH , 0.1 mol CO , and 0.45 mol O feed.4 2 2

reactor will require long-term stability and discovery of wa-
ter-resistant sealant.

Conclusions
A membrane reactor offers several potential advantages for

the production of syngas. The main advantage is avoiding the
need to separate the nitrogen either from the air or from the
effluent stream. Development of such a reactor requires find-
ing a membrane selective for oxygen, which has a high per-
meation rate and that remains stable under the low oxygen
partial pressure. Moreover, the material should enable pro-

duction of a very thin membrane with no pinholes, which can
be readily connected to the tubes supplying the feed and re-
moving the effluents.

Our experiments show that such a membrane can be pro-
duced from La Sr Fe Ga O by spray deposition on0.5 0.5 0.8 0.2 3y�

an inert alumina tube. The flux of the oxygen determines the
corresponding feed rate of the methane. Assuming that only
the syngas reaction occurs, the methane was fed at a stoichio-
metric rate of 1 mol methane to 0.5 mol oxygen. Using a
0.1% Rh on alumina catalyst, we were able to obtain high

Ž . Ž .conversions of the methane 98% , high H rCO ratio 1.76 ,2
Ž .and high CO selectivity �100% . The experiments showed

( ( ))Figure 11. Conversion of pure CH feed, selectivity of CO COrrrrr CO�CO , and H rrrrrCO ratio during syngas produc-4 2 2
tion at 850�C using 3.2-mm Rh catalyst.
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[ ( )]Figure 12. Conversion of pure CH feed, selectivity of CO COrrrrr CO�CO , and H rrrrrCO ratio during syngas pro-4 2 2
3 ( )duction at 850�C using 3.2-mm Rh catalyst and feeding helium at 50 cm rrrrrmin STP .

that in order to obtain a high performance and avoid coke
formation, it is essential to minimize the radial gradients of
the oxygen in the catalyst bed. We accomplished this in our
short laboratory membrane reactor either by using a fine cat-

Ž . Ž .alyst powder 10 �m in a relatively narrow 2 mm annular
catalyst bed, or by adding helium to increase the velocity and

Žradial mixing, when larger catalyst pellets in a wider shell 4
.mm were used. The addition of an inert to improve the mix-

ing will not be needed in industrial reactors because these
longer reactors will operate at higher velocities than in our
short laboratory reactor.

The experiments showed that cracking of the LSFG mem-
brane may occur just at the inlet to the reactor if the support
of the connectors of the membrane to the feed tube de-
creases the oxygen permeation at that point. This cracking
may be circumvented by addition of carbon dioxide or oxygen
to the feed.

Our preliminary experiments suggest that it should be pos-
sible to develop a commercial process for production of syn-
gas by a membrane reactor. Additional experiments will be
needed to optimize its performance. The membrane produc-
tion procedure developed by us can be readily applied to
manufacture membranes from other ceramic materials that
may have superior properties.
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Notation
csconcentration of oxygen ions, mol �cmy3

D sdiffusion coefficient of the oxygen ion�electron hole pairs,a
cm2 � sy1

ksequilibrium surface exchange coefficient, cm � sy1

Lsmembrane tube length, cm

M smolecular weight of methane, g �moly1
CH 4

nsorder of the chemical reaction at the gas�membrane inter-
face

psoxygen partial pressure, atm
Qsoxygen flux, mol �cmy2 � sy1

Rsouter radius of the shell, cm
rsradius of the tubular membrane, cm
Ssspace velocity of the methane, sy1

U svelocity of methane in the shell, cm � sy1
CH 4

Greek letters
� sdensity of methane, g �cmy3

CH 4
�schemical potential of the oxygen ion�electron hole pairs

Subscripts
0squantity evaluated at 1 atm oxygen pressure
1souter wall of membrane tube
2sinner wall of membrane tube
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